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ARTICLE INFO ABSTRACT

Keywords: Liquefaction of lignocellulosic biomass through fast pyrolysis, to yield fast pyrolysis bio-oil (FPBO), is a tech-
Pyrolysis ) nique that has been extensively researched in the quest for finding alternatives to fossil feedstocks to produce
Hlydroprocessmg fuels, chemicals, etc. Properties such as high oxygen content, acidity, and poor storage stability greatly limit the
S,urry direct use of this bio-oil. Furthermore, high coking tendencies make upgrading of the FPBO by hydro-
Biofuel C e . . I .

Deoxygenation deoxygenation in fixed-bed bed hydrotreaters challenging due to plugging and catalyst deactivation. This study
Renewable investigates a novel two-step hydroprocessing concept; a continuous slurry-based process using a dispersed

NiMo-catalyst, followed by a fixed bed process using a supported NiMo-catalyst. The oil product from the slurry-
process, having a reduced oxygen content (15 wt%) compared to the FPBO and a comparatively low coking
tendency (TGA residue of 1.4 wt%), was successfully processed in the downstream fixed bed process for 58 h
without any noticeable decrease in catalyst activity, or increase in pressure drop. The overall process resulted in a
29 wt% yield of deoxygenated oil product (0.5 wt% oxygen) from FPBO with an overall carbon recovery of 68%.

1. Introduction

The depletion of fossil-derived resources and the alarming environ-
mental issues associated with its use have prompted the search for
renewable alternatives to create a sustainable society. Sweden has
ambitiously outlined Climate goals aiming to achieve net zero green-
house gas (GHG) emissions by 2045 and, subsequently, achieve negative
emissions [1]. In terms of decarbonizing the transportation sector,
Sweden has set a goal to reduce the emissions from the transport sector
(excluding domestic aviation), with 70% by 2030 [1]. To achieve this,
various solutions and joint efforts in improving the existing renewable
fuel production capabilities and also exploring and expanding the cur-
rent renewable feedstocks portfolio are needed.

Fast pyrolysis bio-oil (FPBO), a viscous and heavy bio-crude resulting
from the fast pyrolysis process of solid biomass, has the potential for
further upgrading to obtain liquid fuel-like and chemical-like products.
During the fast pyrolysis of biomass, solid biomass is converted into
liquid bio-oil, solid char, and non-condensable gases at conditions such
as temperature ranging from 350 to 525 °C, an inert atmosphere, with
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short residence time (< 1 s), and rapid quenching of the vapors [2]. The
composition of FPBO depends largely on the biomass source and the bio-
oil usually consists of a wide spectrum of compound classes such as al-
iphatics, phenolic compounds, ketones, aldehydes, sugars, esters, car-
boxylic acids, alcohols, and water [3]. The high oxygen content in FPBO
contributes to its detrimental properties such as corrosiveness, high
viscosity, low heating value, and thermal instability [4]. Catalytic py-
rolysis has been studied as an alternative to fast pyrolysis and although it
does produce a pyrolysis oil with improved properties, the recovery of
carbon to the oil is reduced and alkali metals present in the biomass ash
typically deposit on the catalysts and eventually lead to catalyst deac-
tivation [5]. Hence, a refining process that can stabilize the bio-oil and
also reduce the heteroatom content by means of hydrotreatment is
needed for further applications and improved economic performance of
fast pyrolysis plants [6].

Several efforts have been made to hydroprocess FPBO using various
concepts [7], such as 1-stage continuous fixed-bed [8], 2-stage fixed-bed
with mild hydrotreating followed by high-temperature hydrocracking
[9,10], and a pre-derivatization step followed by hydrotreatment in a
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fixed-bed hydrotreater [11]. Plugging and catalyst deactivation are
challenging issues for fixed bed hydrotreating of FPBO [7,12,13],
despite adding specific stabilization steps with lower temperatures and
different catalysts [10,14,15]. A comprehensive review recently out-
lined the development efforts of the VTT Technical Research Centre of
Finland, Ltd. in fast pyrolysis technology discussing its commercializa-
tion, upgrading, applications of pyrolysis products, and method devel-
opment for process improvements, also further highlighting the need for
more work to be done at the pilot scale before implementation in a
complex refinery [16]. Yang et al. also concluded that most studies of
hydrodeoxygenation of bio-oils are performed using model compounds,
even though raw bio-oils should preferably be used, as results from
model compound studies do not necessarily scale well to processing of
the very complex crude bio-oils [17]. Aside from upgrading pure FPBO,
co-processing of FPBO with fossil feedstocks in fixed bed reactors has
also been investigated, for example by Santosa et al. who reported the
continuous co-processing of 5-25% FPBO and catalytic FPBO with fossil
vacuum gas oil (VGO) in a bench-scale fixed bed hydrotreater [18].
Their study highlights that the instability of raw FPBO easily leads to
reactor plugging also during co-processing and that, moreover, catalytic
pyrolysis can result in a more stable pyrolysis oil, which facilitates the
fixed bed processing. However, the research on co-processing of pyrol-
ysis oils with fossil feedstocks is still quite limited, as pointed out in a
recent review [19].

As one remedy to the challenges with hydroprocessing FPBO, slurry-
based processing emerges as a feasible technology since such a process is
inherently resistant to plugging problems, and the catalyst can be
continually withdrawn from, and recirculated to the reactor. In our
previous work with this concept, we demonstrated co-hydroprocessing
of FPBO (0 or 20 wt%) with vacuum residue (at 50 wt%) and vacuum
gas oil (VGO) in a continuous slurry-process process using an oil-soluble
molybdenum precursor to generate a dispersed catalyst in-situ [20]. The
trials showed successful integration of FPBO during the continuous
processing of fossil feeds, with a low coke yield (~ 1 wt%) and high
deoxygenation activity. Subsequently, in further work, FPBO was co-
processed with VGO (20:80 wt% ratio) in the same pilot slurry hydro-
processing plant in a continuous operation mode [21,22]. Nearly com-
plete deoxygenation (~94%) was achieved at 410 °C reaction
temperature and 2 h residence time, or at 435 °C and 1 h residence time
[21]. In these settings the recovery of biogenic carbon to the oil products
was 53-56 wt%, although the study also highlights the challenges with
accurately determining the recovery of biogenic carbon in co-
processing. Slurry phase continuous mode co-processing of FPBO with
fossil feedstock (light cycle oil, LCO) using an unsupported MoS, cata-
lyst has also been studied by Zhang et al. [23]. In their work the FPBO
was fed to the reactor as a bio-0il-in-LCO microemulsion. Up to 90%
deoxygenation was achieved with low coke formation and biogenic
carbon yields to oil phase products from 64 to 71%, along with Hj
consumptions of 24 to 54 g H, per kg processed bio-oil.

Besides FPBO, challenging solid bio-feedstocks like Kraft lignin have
also been upgraded in a slurry-process by processing with VGO as a
carrier liquid, producing stabilized bio-crudes that can be further pro-
cessed in existing refinery infrastructures [24]. The study showed that
superior results can be achieved by feeding cold lignin into a hot slurry
hydroprocessing reactor, compared to slowly heating lignin to reaction
temperature (such as in batch experiments), since lignin tends to repo-
lymerize at low temperatures (~250 °C). Coke formation at the reactor
inlet of fixed bed hydroprocessing reactors is also a known issue for
FPBO since it tends to undergo polymerization reactions at similar
temperatures [12,13]. Feeding directly into a hot slurry reactor has been
argued to be a solution also in this case since the feed will then be very
quickly heated to the reaction temperature by dispersing in the hot
slurry reactor [20].

In a recent study by Dimitriadis et al., the authors presented a whole
production chain covering the production of FPBO from agricultural
residue (straw) via fast pyrolysis, followed by stabilization of the
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resulting FPBO (without co-feed) in a continuous slurry hydrocracking
pilot plant (the same as used in this work) [25]. The stabilized FPBO
then underwent hydrotreatment in a continuous fixed bed reactor,
producing a deoxygenated oil product, fully miscible with fossil feed-
stocks, that can be integrated into current refinery infrastructure [26].
However, catalyst deactivation and plugging problems were still very
much a reality in the fixed bed process. Even though the stabilization in
the slurry-process step did lead to improvements, the FPBO was appar-
ently not sufficiently stabilized. The aim of this work is to first hydro-
process FPBO in a slurry-process at more severe reaction conditions to
try to achieve a higher degree of stabilization to facilitate downstream
hydroprocessing in a fixed bed reactor, with the ultimate goal to find
ways to replace fossil feedstocks with renewable counterparts.

In this study, we report a pilot-scale FPBO two-step hydroprocessing
concept that first involves the continuous stabilization of the FPBO in a
slurry-process with a NiMoS dispersed catalyst, followed by hydro-
treating of the stabilized FPBO (slurry-product) in a fixed bed reactor.
The slurry-product and also the hydrotreated end-product were
analyzed thoroughly using several techniques such as elemental
composition, titrations, 'H nuclear magnetic resonance (NMR), 3lp
NMR, '3C NMR, GC-Simdist, thermogravimetric analysis (TGA), and two
dimensional (2D) GC x GC-MS-FID, to better understand the chemical
properties of the obtained renewable liquid hydrocarbons. The available
literature on continuous modes of upgrading neat FPBO is scarce, and on
slurry upgrading of neat FPBO even scarcer, making this study a unique
contribution to the scientific community.

2. Experimental
2.1. Raw materials

The FPBO used in this study was a commercially available product
obtained from fast pyrolysis of lignocellulosic feedstock and its prop-
erties are presented in Table 1. Properties are given for the FPBO as it
was used (including water) but concentrations of carbon, hydrogen, and
oxygen are also presented on a dry basis.

The NiMoS dispersed catalyst used in the slurry-process was syn-
thesized using a hydrothermal method reported in our previous work
[27]. In a typical synthesis, ammonium molybdate tetrahydrate (1.15 g)
was used as the Mo precursor, nickel (II) nitrate hexahydrate as the Ni
precursor, and thiourea (4.25 g) as the S precursor, and all reactants
were dissolved in 180 mL Milli-Q water. The Ni/Mo mole ratio was kept
at 0.5. The pH of the solution was also adjusted to 0.8 using HCI (35 wt
%). This solution was then transferred to a 300 mL Teflon-liner. After
filling the liner with the dissolved solution of precursors, the liner was
closed with the Teflon lid and placed in a stainless-steel autoclave. The
autoclave was then sealed and heated in an oven at 200 °C for 12 h. The
as-synthesized catalyst was then filtered and washed first with Milli-Q

Table 1

Properties of the FPBO.
Property Method As received Dry
Carbon ASTM D591 46.1 wt% 58.6 wt%
Hydrogen ASTM D591 6.8 wt% 5.6 wt%
Nitrogen ASTM D591 0.00 wt% -
Sulfur ENISO20884 28.4 ppm -
Oxygen (by difference) ASTM D591 47.1 wt% 35.8 wt%
Water ASTM E203 21.2 wt% 0 wt%
Density EN ISO 12185 1.2 kg/L -
Solids content ASTM D7579 0.00 wt% -
Ash content EN ISO 6245 0.00 wt% -
Kinematic Viscosity (40 °C) ASTM D445 28.1 cSt -
Aliphatic OH 31p NMR 4.0 mmol/g -
Phenol OH 31p NMR 2.3 mmol/g -
COOH 31p NMR 0.8 mmol/g -
Carbonyls ASTM E3146-18a 4.2 mmol/g 5.3 mmol/g
Total Acid Number ASTM D664 1.2 mmol/g 1.5 mmol/g
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water, followed by absolute ethanol. After the washing, the catalyst was
dried in an oven at 50 °C under vacuum overnight. The slurry catalyst
was used in the slurry-process without any pre-treatment step. The
specific surface area of the slurry catalyst was 49.3 m?/g, with a total
pore volume of 0.224 cm®/g and average pore size of 11.52 nm. The
detailed composition and physicochemical properties of the slurry
catalyst can be found in our previous work [27]. The catalyst used in the
fixed bed (FB) experiment were nickel-molybdenum doped pellets on
d-alumina (HDC-10) from Hulteberg Chemistry & Engineering.

2.2. Slurry processing

A Slurry Hydrocracking pilot plant, situated in Pited, Sweden, and
owned by RISE Research Institute of Sweden, was used in the first pro-
cessing step of the FPBO. The pilot plant (Fig. 1) features a stirred tank
reactor with a total net volume of 2.6 L. The experiment started with the
reactor filled with 1.67 g of slurry-catalyst and 500 g hexadecane (which
unlike the FPBO is inert during the initial heating of the reactor). After
inertizing and leak testing the system, it was pressurized with Hj to the
planned reaction pressure of 100 bars and heated at 200 °C/h to a liquid
temperature of 410 °C. During the heating phase and throughout the
following experiment, the reactor was stirred at 1340 rpm and contin-
uously fed with 1800 NL/h Hs. Once the planned reaction temperature
of 410 °C was reached, a continuous feed of 1 L/h of FPBO, mixed with
the slurry catalyst to a concentration of 0.33 wt%, was started and
maintained throughout the rest of the experiment (resulting in an
average residence time of 2.6 h and a Liquid Hourly Space Velocity
(LHSV) of 0.385 h™1). The slurry was fed together with the Hy to the
bottom of the reactor directly into the hot and turbulent reactor interior,
which resulted in an instant heating of the FPBO to the reaction tem-
perature (410 °C).

During the experiment, liquid product and gas were continually
withdrawn from the top of the reactor and directed to a High-Pressure
High-Temperature (HP-HT) separator where water and volatile
organic compounds were evaporated, and the remaining product was
withdrawn through the bottom as a Heavy Product (naturally containing
the catalyst and any other solids particles). The compounds evaporated
from the HP-HT separator were directed (via a pressure decrease to
around 10 bars) to a Low-Pressure Low-Temperature (LP-LT) separator.
There the product separated gravimetrically into a Water Product and a
Light Oil Product (insoluble in the Water Product), which were with-
drawn into separate product tanks. The gas stream, after passing through
a condenser (15 °C) that sent any condensed compounds back to the LP-
LT separator, left the system. The mass flow of the gas stream was
continually measured using a Coriolis mass flow meter and analyzed by

Pressure Regulator

I—’

HP-HT
Separator
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a micro-GC with dual thermal conductivity detectors (TCD). The com-
pounds quantified by the micro-GC were Hy, CO, CO,, and C;-C3 hy-
drocarbons. Gas samples were also collected in bags to analyze the
concentration of C4 and Cs hydrocarbons in another GC equipped with a
flame ionization detector (FID). The feed tank and all three product
tanks were positioned on scales to enable continuous monitoring of the
masses and calculation of the mass balances.

The HP-HT separator was heated to 250 °C at the start of the
experiment but after some time reached a temperature of around 280 °C
only from the hot flow of products from the reactor. Despite the high
temperature, not all water was successfully evaporated in the HP-HT
separator, and some remained in the Heavy Product. The heavy prod-
uct tank was emptied around 3.75 h after initiating feeding of slurry to
the reactor. The collected product was then separated into three phases;
an oil phase at the bottom, a water phase, and another oil phase on top
(which later was concluded to consist primarily of hexadecane). Feeding
of slurry was continued for another 4 h and the Heavy Product collected
after this time consisted of only two phases; water in the bottom and oil
on the top (the water phase had a slightly higher density of 1.03 g/mL,
versus 1.027 g/mL for the oil phase). The two phases of the Heavy
Product were separated by centrifugation and decanting (22.5 wt%
water phase of the total mass) and finally dewatered in a rotary evap-
orator (ca 85 °C and 15 mbar) to remove the last water (the cen-
trifugated oil phase still contained 5.8 wt% water after decanting). Some
organic products were also evaporated along with the water during the
dewatering, but this organic phase was recovered and returned to the
Heavy Oil Product. The two resulting Heavy Oil Products (not including
the hexadecane phase) were mixed with the Light Oil Product, filtered
with a 10-20 pm filter, and used in the downstream refining in the fixed
bed process (FB-process). The mass balance for the slurry-process was
calculated during the last 4 h of the experiments, when the conditions
were the most stable.

2.3. Fixed bed (FB) processing

A stainless-steel reactor was packed according to Fig. 2, where the
catalyst consisted of approximately equal quantities of two milled and
sieved fractions of the catalyst, 1.40-2.00 mm and 280 pm — 1.00 mm.

The reactor bed was dried under a stream of nitrogen at 10 bar
during a temperature ramp up to 250 °C. Sulfidation of the catalyst was
subsequently performed at 70 bar Hy pressure by pumping in commer-
cially available hydrogenated vegetable oil (HVO) mixed with 4 wt%
dimethyl disulfide (DMDS), corresponding to 1.5% S by weight, while
increasing the reactor temperature from 150 to 350 °C by 15 °C/min and
then maintaining 350 °C for 4 h. The hydrotreatment reaction was then
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Fig. 1. Schematic representation of the slurry process.
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Fig. 2. Properties of the fixed bed reactor.

carried out for the slurry-product (with an addition of 1 wt% DMDS) at
80 bar Hy with a liquid flow corresponding to a LHSV of 0.5 h™! and a
gas-to-oil volumetric feed ratio of 1000:1. The reaction temperature was
maintained at 380 °C, aside from a point near the end of the experiment
when the temperature was temporarily decreased to 340 °C, before
again being increased to 380 °C. The pressure, temperature, gas flow,
and liquid flow profiles over the course of the hydrotreatment can be
found in Supporting Information, Fig. S1. During the experiment, thir-
teen liquid samples were collected, of which fractions 4, 11, 12, and 13
were analyzed in more depth. Descriptions of these four samples ob-
tained from the fixed-bed hydrotreatment are as follows: Sample 4 was
the liquid product collected after hydrotreatment at 380 °C, when there
should be no traces of the HVO left in the product; Sample 11 was the
liquid product collected after hydrotreatment at 380 °C, before the
temperature was decreased; Sample 12 was the liquid collected after
hydrotreatment at 340 °C; and Sample 13 was the liquid collected after
hydrotreatment at 380 °C, after being increased again from 340 °C. Each
sample was collected over a period of ca 3-6 h, immediately followed by
another sampling period (Supporting Information, Fig. S1). The period
during which Sample 12 was collected started with an immediate
decrease in temperature from 380 °C to 340 °C and the temperature
(measured on the outside of the reactor) reached the lower temperature
setting after ca 45 min. Sample 12 was then collected for another 5 h at
the reduced temperature. The inside temperature of the reactor may
have taken some additional time to reach the reduced temperature,
although the reactor diameter is small, and this time is expected to be
short. Consequently, it is very likely that the majority of Sample 12 was
produced at interior reactor temperature of 340 °C.

The gas leaving the process was measured by a mass flow meter and
analyzed by and a Hiden quantitative gas analyzer (Hy, HyS, C1-C4, and
CO9). Unfortunately, the mass flow meter showed erroneous values
during the run, which underestimated the gas production and, in turn,
overestimated the Hy-consumption. However, since the feed contained
1 wt% DMDS, the concentration of HyS in the gas stream (only origi-
nating from the DMDS since there were no other sulfur sources in the
feed) could be used to accurately calculate the total mass flow of gas

gas/liquid = 1000:1 >
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from the system. In calculating the mass balance, the yields of HoS and
CH4 obtained from the hydrogenation of DMDS were subtracted from
the total gas yield, and all yields were calculated as a proportion of the
DMDS-free feed (i.e. 99 wt% of the total feed).

During the FB-process, no pressure drop over the reactor column was
observed (Supporting Information, Fig. S1). After terminating the pro-
cess, letting the system cool down, and purging with nitrogen, the
reactor was opened and the catalyst particles were poured out. The
particles showed no sign of coking or fouling as they easily separated.
The obtained product fractions resembled completely transparent
organic phases and slightly yellow/greenish aqueous phases at the
bottom (Supporting Information, Fig. S2).

2.4. Fractional distillation of hydrotreatment products

The aqueous phases from the FB-process, samples 6 through 11, were
separated and the remaining organic phases were pooled. A fraction of
the pooled product (187.81 g) was subjected to fractional distillation: A
500 mL round-bottomed flask was equipped with a Vigreux column, a
Liebig condenser and a collection flask. A stirrer hotplate and an
aluminum heat block (DrySyn®) were used for heating, and a high
vacuum pump was connected via a 3-stage cooling trap using liquid Ny
as cooling media. Between the collection flask and the cooling trap a
valve was mounted to enable emptying of the cooling trap without the
need to depressurize the system. A fraction boiling below 177 °C was
collected at atmospheric pressure and a second fraction in the atmo-
spheric boiling point range 177-343 °C was then collected at reduced
pressure. Using the estimated heat of vaporization, the boiling point at
atmospheric pressure could be calculated and the distillation was
terminated when the calculated atmospheric boiling point of 343 °C was
obtained. At this point no more distillate could be collected and the
residue in the distillation bulb was left as a third fraction (>343 °C).

2.5. Analytics

The products from the slurry-process and the FB-process were
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analyzed by several techniques. Elemental composition (C, H, N, O and
S) was analyzed by Elemental Microanalysis, United Kingdom. CHNS
analyses were performed using the Dumas combustion method and O
analyses using the Unterzaucher pyrolysis method. Carbonyl content
was analyzed by potentiometric titration according to ASTM E3146-18a,
and total acid number (TAN) according to ASTM D664. Boiling point
distributions of the samples were analyzed by simulated distillation by
GC according to ASTM D2887, or by thermogravimetric analysis (TGA)
when GC-Simdist was not applicable due to high concentrations of ox-
ygen. TGA was also used to evaluate the coking tendencies of some
samples. TGA experiments were performed using a Mettler-Toledo in-
strument. Samples were prepared by accurately weighing 15-35 mg
material into a 100 pL aluminum cup, which was then capped, and a
small hole was punched into the lid using a cannula. The experiment set-
up was the following: Ramp from 25 to 500 °C at 10 °C per minute,
followed by an isothermal stage at 500 °C for 15 min. A continuous gas
flow of nitrogen at 50 mL/min was applied throughout the measure-
ment. The stability of the Heavy Product from the slurry-product was
evaluated by measuring the kinematic viscosity (via a glass capillary
tube) before and after being exposed to 80 °C for 24 h in a water bath.

NMR characterization experiments were performed on a 500 MHz
Bruker AV1 spectrometer equipped with a 5 mm QNP probe head with Z-
gradients operating at 25 °C. Samples for 'H NMR were prepared by
dissolving 40 pL oil in 600 pL CDCl3 or DMSO-ds (FPBO only). Samples
were analyzed with an experiment employing 60 s relaxation delay to
ensure quantitative conditions. Spectra were referenced to residual
CHCl; at 7.27 ppm or residual DMSO-ds at 2.50 pm. Samples for 13C
NMR were prepared by mixing 200 pL sample with 300 pL CDCl3 or
DMSO-ds (FPBO only). Samples were analyzed with an experiment
designed for qualitative conditions only. Spectra were referenced to
CDCl3 at 77.16 ppm or DMSO-dg at 39.51 ppm. Samples for hydroxyl
number determination using 3!P NMR were prepared by derivatizing
approximately 50 mg oil with 2-Chloro-4,4,5,5-tetramethyl-1,3,2-dioxa-
phospholane (TMDP) in a solution of pyridine:CDCl3 (1.6:1) in the
presence of internal standard cyclohexanol and relaxation agent Cr(III)
(OAcAc)s. The samples were then analyzed using a 3!P experiment with
inverse gated proton decoupling. Spectra were referenced to the signal
from the internal standard at 144.9 ppm.

Aromatic content analyses were performed according to the method
SS 12916:2019 using a Zorbax NH2 column (4.6 mm x 150 mm, 5 pm)
from Agilent. The analyses were performed on a Thermo Dionex P680 or
an UltiMate 3000 chromatograph equipped with a RefractoMax 520
refractive index (RI) detector. The columns were kept at 25 °C and the RI
detector at 30 °C. Samples of approximately 0.1 mg/mL were prepared
in heptane and those not fully dissolved were filtered prior to analysis.
Heptane at 1 mL/min was used as eluent.

In addition to the above techniques, two-dimensional GC x GC-MS/
FID was also used to characterize the liquid products. An Agilent 7890-
5977 A, equipped with an oven, a flow splitter, a modulator, and a flame
ionization detector was used for the analysis. The liquid products were
separated by two columns, a mid-polar column (VF-1701MS, 30 m x
250 m x 0.25 m) and a non-polar column DB-5MS (1.2 m x 150 pm x
0.15 pm). The injection was done via an automatic liquid sampler into
the GC injector at 280 °C. The oven temperature was initially kept at
40 °C for 1 min and then ramped up to 280 °C with a rate of 2 °C/min.
The modulation time was set at 5 s for all samples and the flame ioni-
zation detector was set at 250 °C. The analysis was done using the GC
image software for multidimensional chromatography. The product
selectivity (%) was calculated based on the ratios of the individual
component blob volumes to the total blob volume of the identified
compounds in the liquid samples.
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3. Results and discussion
3.1. Product properties

The slurry-process resulted in an oil product with a reduced oxygen
concentration of 15 wt%, compared to 36 wt% of the dry FPBO
(Table 2). Even though the oxygen concentration was still relatively high
in the slurry-product, the oil product contained only 24.6 wt% of the
non-water oxygen originally present in the FPBO but this remaining
oxygen became concentrated in the reduced mass of oil product. This
enrichment of course also applies to all oxygenated species as presented
in Table 2. 'P NMR shows that the amount of aliphatic alcohols and
carboxylic acids are efficiently lowered by the slurry-process, while the
phenol concentration was as high in the slurry-product as in the dry
FPBO. This is not illogical, since phenols are known to have a relatively
high resistance to hydrotreatment reactions and can also be formed by
demethylation of methoxy groups during the slurry-process [28], in
addition to the already mentioned concentration effect. Further hydro-
processing in the FB-process reduced the oxygen content to as low as 0.5
wt% and reduced the presence of hydroxyl groups to hardly detectable
levels. The TAN and the carbonyl content were both halved by the
slurry-process, and then removed to below detection limits in the FB-
process.

'H NMR data is a bit more difficult to interpret, with the high water

Table 2
Properties of the FPBO, slurry-product and FB-product. *As used in FB-
upgrading, **Sample 11 from the FB-upgrading.

Elemental Unit FPBO (as FPBO Slurry- FB-
composition received) (dry) product* product**
C wt% 46.1 58.6 72.5 85.4
H wt% 6.8 5.6 9.4 13.4
N wt% 0 - 0.06 < 0.05
S wt% 0 - <0.1 <0.1
(0] wt% 47.1 35.8 15.0 0.5
Water Content wt% 21.2 0.0 0.0 0.0
'H NMR
Alkanes mol-%  42.3' - 77.8 96.0
Alcohol/Ether mol-% 33.0 - 7.8 0.0
(CH,-0)
Alkene mol-% 10.1 - 4.5 0.0
Aromatics mol-% 13.4 - 9.9 4.0
COOH/ mol-% 1.3 - 0.01 0.0
Aldehydes
3p NMR
Aliphatic OH mmol/ 4.0 5.1 0.8 0
g
Phenol OH mmol/ 2.3 3.0 2.9 0.004
8
COOH mmol/ 0.8 1.0 0.5 0.001
g
Total OH mmol/ 7.1 9.1 4.2 0.005
8
Carbonyls mmol/ 4.2 5.3 2.4 Not
g detected
Total Acid mmol/ 1.2 1.5 0.7 Not
Number g detected
Aromatic content by HPLC-RI
Mono wt% Not Not 4 29.0
aromatics measured measured
Di aromatics wt% 3 2.5
Tri and higher wt% 0.4 0.0
aromatics
Total wt% 7.4 31.5

aromatics

! The proton NMR data for FBPO is made less precise by the high water
content in the sample.
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content of the FPBO making accurate integration difficult. However, the
reduction in oxygen over the two process steps agrees well with a
stepwise reduction in aliphatic alcohols, which cannot be detected in the
FB-product. Alkenes are also reduced in a stepwise manner and are not
detected in the FB-product, while the aliphatic hydrocarbon content is
gradually increased throughout the two process steps. In the 'H NMR
data, the aromatic content seems to decrease through the processing,
although according to the aromatics analysis the aromatic content is
dramatically increased in the FB-process. This discrepancy can be
explained by the fact that the aromatic analysis yields results in wt% of
actual aromatic compounds, while 'H NMR yields results in mol % based
on the position of all protons. For example, substituted aromatic hy-
drocarbons will be evaluated as aromatic compounds according to the
aromatics analysis, while the proton NMR data will show signals from
the aromatic protons as well as signals from the aliphatic substituents,
thus skewing the result towards a higher aliphatic content and lower
aromatic content. The H/C atomic ratio of 1.88 for the FB-product
agrees well with a composition of primarily alkanes and substituted
mono-aromatics.

The tabulated data is well mirrored in the '3C spectra (Fig. 3), which
were collected qualitatively and the results are therefore not tabulated.
However, it can be seen that the slurry-process is very efficient in
lowering the concentration of aldehydes, ketones, carboxylic acids and
esters (which can be seen in the 215-163 ppm range of the spectra), as
well as carbohydrates (110-84 ppm), while the FB-process further
removes all oxygenates to yield a hydrocarbon product. It should be
noted that the chemical shifts of alkenes overlaps with those of the ar-
omatics, so removal of alkenes is best monitored by 'H NMR.

A reactivity ranking of oxygenated groups under hydrotreatment
conditions has been proposed elsewhere [15], suggesting that the
reactivity decreases in the order: carbonyls > aliphatic ethers >
aliphatic alcohols > carboxylic groups > phenolic ethers > phenols. In
this study, the conversion of the different oxygenates in the slurry-
process, according to 3'P NMR and carbonyl titration, decreased in the
order: aliphatic alcohols (93%) > Carbonyls (78%) = COOH (78%) >
Phenols (49%). These numbers were obtained by comparing the number
of moles present in the oil products obtained from one kg FPBO to the
number of moles originally present in one kg FPBO (the FB-process
resulted in near complete conversion for all compound groups and a
similar comparison is not relevant in that case). Phenolics clearly exhibit
the lowest reactivity to hydrodeoxygenation, which agrees well with the
proposed scale. Aside from that, alcohols actually showed the highest
conversion, and not carbonyls as suggested by the reactivity scale. As
carbonyls have been suggested to have the highest reactivity under
hydrotreatment conditions [15,29], their incomplete (and similar to
carboxylic acids) conversion is a bit surprising.

The progression of the oil product towards a more deoxygenated and
hydrogenated state throughout the process steps is shown in Fig. 4, with
the results of Dimitriadis et al. [25], who also upgraded FPBO in a slurry-
process followed by a FB-process, included as a comparison. The FPBO
used by Dimitriadis et al. had a lower O/C and a higher H/C atomic ratio
to begin with, which might explain the very similar properties of the
slurry-product as in this study, despite the lower reaction severity used
in the study by Dimitriadis et al. (350 °C and a LHSV of 1 h™!, but on the
other hand a higher pressure of 150 bars). Fixed bed upgrading of the
stabilized FPBO (at 330 °C, 69 bars, 1 h™! LHSV and 840 L/L gas to
liquid feed ratio) by Dimitriadis et al. resulted in an oil product with
higher oxygen concentration (3.1 wt%) and a lower H/C atomic ratio
(1.6) than in this study (0.5 wt% and 1.88). The more severe conditions
of the FB-reaction in this study (380 °C, 100 bars, 0.5 h~! LHSV) may
explain the more complete deoxygenation and hydrogenation obtained
in this work. However, the reduction of the reaction temperature to
340 °C towards the end of the FB-upgrading of this work resulted in only
a minor increase in the oxygen concentration of the product to 0.7 wt%
(Table 3) and the temperature may therefore not be primarily respon-
sible for the differences.
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3.2. Stability of the slurry-product

Carbonyls (aldehydes and ketones) are known to contribute to the
instability of FPBO due to their tendency towards oligomerization re-
actions and condensation reactions with, for example, phenolic com-
pounds [30,31]. Due to this, reducing the amount of carbonyls has been
a focus in other studies aiming to stabilize FPBO. For instance Zacher
et al. [14] described a goal of reducing the carbonyl concentration to
<2.5 mmol/g in the stabilized bio-oil but observed even better results at
<1.5 mmol/g. In this study, the carbonyl concentration decreased from
4.2 mmol/g in the as received FPBO to 2.4 mmol/g in the slurry-product.
An actual increase in stability of the slurry-product is evident from the
change in viscosity after an accelerated aging test of the untreated FPBO
and the slurry-product (only the Heavy Product in this case) for 24 h at
80 °C. For untreated FPBO the viscosity increased from 36.4 to 46.1
mm?/s while the slurry-product showed nearly identical results before
and after aging (12.2 and 12.0 mm?/s, respectively). Furthermore, the
slurry-product (as used in the FB-process) showed a residue of 1.4 wt%
after heating to 500 °C in an inert atmosphere in a thermogravimetric
analyzer (TGA). This is drastically lower than that typically observed for
FPBO, where the amount of residue can be in the range of 20 wt% due to
coke formation [32]. In our previous work, where FPBO was stabilized
at a lower reaction temperature (350 °C), the micro Conradson Carbon
Residue (which also involves heating a sample to 500 °C in an inert
atmosphere and is normally used as an indicator for coking tendencies)
decreased from 24.5 wt% in the FPBO to 12.5 wt% in the stabilized
FPBO, even though the carbonyl concentration of the stabilized FPBO in
that study was lower (1.5 mmol/g) than in the present work [25].
Although the TGA residue might not be directly comparable to the micro
Conradson Carbon Residue, it appears that the carbonyl concentration in
itself is not a good indicator of the stability (or at least the coking ten-
dency) of the stabilized FPBO. Furthermore, the much higher coking
tendency of the stabilized FPBO used in our previous study [25] might
have been responsible for the more rapid catalyst deactivation observed
(already after the first 24 h), which suggests that TGA residue (or Con-
radsson Carbon Residue) might be a good indicator for the performance
of a partly deoxygenated FPBO in an FB-process. The lower coking
tendency of the slurry-product obtained in this study could be related to
the much higher reaction temperature used (410 vs. 350 °C), although
differences in catalyst and catalyst loading, FPBO properties etc. cannot
be excluded. Another study on the stabilization of FPBO, using different
catalysts, has shown TGA residue levels of 3.2-5.0 wt% after reaction at
200 °C and 1.2-1.5 wt% after reaction at 350 °C [33]. With reported
oxygen concentrations of 12-15 wt% after using the higher temperature,
both the TGA residues and oxygen concentrations of their oil products
agree very well with the results in this study.

3.3. Effect of reduced temperature in the FB-process

The properties of four samples collected at different times from the
FB-process are shown in Table 3. As the temperature in the FB-reactor
was decreased to 340 °C towards the end of the FB-processing (Sam-
ple 12) some differences were observed in the product properties. The
oxygen concentration increased slightly to 0.7 wt% and this increase
was also reflected in the 'H NMR data which showed levels of alcohol/
ether, and in the 3'P NMR data that showed increased levels of phenols.
Some signals from alkenes could also be observed in the 'H NMR results,
which was not the case at the higher process temperature. The lower
temperature also seemed to reduce the proportion of aromatics in the
product as can be confirmed by the aromatics analysis using HPLC-RI.
The properties of Sample 13, which was collected near the end of the
FB-processing, when the reaction temperature had been increased to
380 °C again, corresponded very well with those of the samples collected
at same reaction temperature in an earlier stage (Sample 4 and 11),
which suggests no, or very limited, reduction in catalytic activity.
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Table 3

Selected analytical properties of samples 4, 11, 12, and 13 from the FB-process.
Sample 12 was collected at a lower reaction temperature (340 °C) than the other
three (380 °C).

Unit Sample Sample Sample Sample
4 11 12 13
Reactor Q) 380 380 340 380
temperature
Elemental Composition
C wt% 84.9 85.4 85.6 86.1
H wt% 13.4 13.4 13.7 13.3
N wt% Not detected
S wit% Not detected
(0] wt% 0.4 0.5 0.7 0.5
'H NMR
Alkanes mol-% 96.4 96.0 97.4 95.8
Alcohol/Ether mol-% 0.0 0.0 0.1 0.0
Alkene mol-% 0.0 0.0 0.1 0.0
Aromatics mol-% 3.6 4.0 2.5 4.2
COOH/Aldehydes/ mol-% Not detected
Phenol
31p NMR
Aliphatic OH mmol/ Not detected
8
Phenol OH mmol/ 0.0 0.004 0.1 0.0
g
COOH mmol/ 0.0 0.001 0.00 0.0
8
Total OH mmol/ 0.0 0.005 0.1 0.0
g
Carbonyls mmol/ Not detected
Total Acid Number  mmol/ Not detected
8
Aromatic content by HPLC-RI
Mono aromatics wt% 29 29 19 27
Di aromatics wt% 1 2 2 4
Tri and higher wt% Not detected
aromatics
Total aromatics wt% 30 31 21 31

3.4. Properties of distillation fractions

The FB-product was, according to GC-Simdist, distributed roughly as
46 wt% boiling below 177 °C, 48 wt% boiling between 177 and 343 °C,
and the remaining mass (6 wt%) boiling above 343 °C (Fig. 5). The two
former ranges correspond approximately to gasoline and diesel boiling
point ranges, suggesting that a majority of the components in the FB-
product are in a range suitable for the production of these fuels. Ac-
cording to TGA, the slurry-product (as used in the FB-process) had a
significantly higher boiling point range with only around 17 wt% boiling
at a temperature below 177 °C. The GC-Simdist data of the FB-products
(Fig. 5) show a horizontal shape around 287 °C, which corresponds to
the boiling point of hexadecane. This implies that some hexadecane,
which was used as a starting oil in the slurry-process, was recovered to
both the slurry-product and the FB-product even though a hexadecane
phase was separated from the Heavy Product. The two Heavy Products
obtained from the slurry-process (early and late) were at first analyzed
separately by several techniques but showed relatively similar results
(Supporting Information, Table S1) and were therefore mixed for the FB-
processing (as this would enable longer time on stream). Nevertheless,
approximately 6 wt% of the FB-product consisted of hexadecane.

The FB-product fractions obtained at 380 °C were pooled and sub-
jected to fractional distillation with fractions collected up to 177 °C, at
177-343 °C and a residue above 343 °C. The isolated amount of the
faction below 177 °C was 37 wt% of the FB-product and the fraction
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collected at 177-343 °C was 51 wt% of the FB-product, corresponding
relatively well to the amounts predicted by GC-Simdist. The amount of
distillation residue (the >343 °C fraction) corresponded to 3.7 wt% of
the total distilled mass and had a brown color, in contrast to the lack of
color of the starting material and the other distillation fractions. The
total mass recovery from the distillation, including the cold trap fraction
of 2.1 wt% was 94.3 wt%. The analytical properties of the fractions are
given in Table 4. The lighter fraction displayed the lowest oxygen con-
centration (0.28 wt%), highest H/C atomic ratio (1.96), and lowest ar-
omatics signal according to 'H NMR (2.6 mol-%). In contrast, the
fraction boiling above 343 °C showed the lowest H/C atomic ratio (1.52)
and highest aromatics signal according to H NMR (7.9 mol-%). In a
recent study, the distillation residue (> 360 °C) obtained from hydro-
processed FPBO (i.e. a fraction similar to the >343 °C fraction obtained
in this study) was co-processed with vacuum gas oil in a fixed bed hy-
drocracker (420 °C, 160 bars), showing that this boiling point fraction
can be successfully further upgraded [34].

3.4.1. GC X GC-MS/FID

The GC x GC-MS/FID analysis showed a significant presence of
oxygenated compounds in the slurry-product (Fig. 6a) but in the FB-
product hardly any such signals were detected (Fig. 6b). As indicated
in the 2D GC x GC-MS/FID spectra, the slurry-product contained a wide
spectrum of products, including paraffinic-derived compounds, deoxy-
genated aromatics, phenolics, furanics, ketones, aldehydes, carboxylic
acids, cycloalkane-derived compounds, dimers, and polyaromatics. This
complex and still highly oxygenated structure of the slurry-product
agrees well with the results previously discussed (Table 2 and Fig. 3).
In contrast, the FB-product consisted of mainly paraffinic-derived
compounds, cycloalkanes, and aromatics, as shown in the GC x GC
spectra (Fig. 7b), with no oxygenated species being detected. This also
agrees well with previously presented results. As some hexadecane was
recovered from the starting oil in the slurry-process, peaks corre-
sponding to this compound were not integrated and do not represent
part of the “paraffinic derived compounds” in Fig. 7. Noteworthy is that
the two distillation fractions (< 177 °C and 177-343 °C) both showed
very high levels of cycloalkanes according to 2D GC x GCMS/FID (49%
and 37% at the lower and higher boiling point range, respectively),
something that cannot be determined by other techniques previously
discussed.

For the <177 °C fraction, the results of the aromatics determination
by HPLC-RI and by 2D GC x GC-MS/FID agree very well (ca 10% mono-
aromatics and no di-aromatics or naphthalene-derived compounds are
expected). However, for the 177-343 °C fraction the results differ
significantly, with HPLC-RI resulting in 46 wt% mono-aromatics and 9
wt% di-aromatics, while GC results show 9% aromatics and 17%
naphthalene-derived compounds. A major difference exists between
how the two methods categorized the compounds; HPLC-RI will
consider naphthalene as di-aromatic but if one of the aromatic rings is
saturated it will be considered a mono-aromatic, while the GC x GC li-
brary will categorize both these compounds as “naphthalene-derived”.
This suggests that a large part of the mono aromatics detected by HPLC-
RI are indeed derived from naphthalene but one of the aromatic rings is
saturated. Furthermore, it is possible that heavier substituted
naphthalene-derived compounds do not reach the detector in the 2D GC
x GC-MS/FID analysis (highest boiling point observed was 312 °C), thus
resulting in an underestimation of this fraction. Nevertheless, the
products show a predominance of cyclic compounds (aromatic and
aliphatic), which has also been observed in hydrotreated pyrolysis oils
by others [10,35].

3.5. Spent FB-catalyst
The elemental composition of the spent catalyst from the FB-process

was analyzed and showed some presence of carbon residue (4.9-12.4 wt
%) but no clear trend versus the distance from the reactor inlet could be
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Fig. 5. Boiling point distribution of FB-products (GC-Simdist) and the slurry-product used as feed for the FB-process (TGA). The horizontal shape of the curve around
287 °C for the FB-products is due to some of the hexadecane used as starting oil in the slurry-process being recovered in the final product.

Table 4
Properties of the distillation fractions of the FB-product.
Unit <177°C 177-343 °C >343°C
Distillation yield wt% 37.4 51.3 3.7
Elemental Composition
H/C mol%,/mol 1.96 1.77 1.52
%
) wt% 0.28 0.46 0.32
'H NMR
Alkanes mol-% 97.4 94.7 91.6
Alcohol/Ether (CH4-O) mol-% 0.02 0.05 0.54
Alkene mol-% 0.00 0.00 0.01
Aromatics mol-% 2.6 5.2 7.9
COOH/Aldehydes mol-% 0.0 0.0 0.0
Aromatic content by HPLC-RI
Mono aromatics wt% 10 46 Not
Di aromatics wt% 0.1 2 analyzed
Tri and higher wt% 0 0
aromatics
Total aromatics wt% 10.1 48

observed, except for less carbon residue at the very end of the catalyst
bed (Supporting Information, Fig. S3). These results suggest that some
organic residue may accumulate on the catalyst, but the H/C atomic
ratios were relatively high (1.4-2.0), which indicates that the residue is
not very polyaromatic in its structure, something that is normally
observed in coke from hydroprocessing catalysts [13,36,37]. Hence, the
carbon residue does not necessarily resemble typical coke. Another
possible source of carbonaceous residue is solids already present in the
slurry-product, which was not successfully removed by the filtration at
10-20 pm. The centrifugated Heavy Slurry-product contained

approximately 0.6 wt% acetone-insoluble solids (1.2 wt% before
centrifugation) and a significant part of these particles were likely
smaller than 10 pm since they were not removed by centrifugation. In
terms of quantity, it was estimated that 0.7 wt% of the carbon passed
through the FB-reactor could be accounted for in the carbonaceous de-
posits on the catalyst, although it cannot be concluded from this study if
this material was actually produced in the process or simply accumu-
lations of already solid particles present in the feed.

3.6. Yields from FPBO

The mass balance closure was 99.6% for the slurry-process and
96.8% for the FB-process (operated at 380 °C) and the corresponding
carbon balances were 91.3% and 86.0%, respectively (calculated with
elemental analysis results normalized to 100%). The mass balance for
the slurry-process was calculated towards the end of the experiment,
when the process was most stable and carbon balance for the FB-process
corresponds to the average of six individual balances corresponding to
the periods at which samples 6-11 were produced (individual balances
are presented in Supporting Information, Table S2).

The mass- and carbon balances presented in Figs. 8 and 9 have been
normalized to 100%." Since the mass balance closures were relatively
high, this normalization introduced small corrections. The carbon bal-
ance closures were on the lower end but the reasons behind this are hard
to elaborate, especially since the mass balances were considerably
higher. One source of carbon loss in the FB-process is the accumulation

1 The mass balance reported here is the total mass of liquid and gaseous
product (not including H») in relation to feed mass. Due to H, addition the mass
balances calculated in this way should logically be higher than 100% but
normalization has still been done to 100%, not to introduce any unwarranted
overestimations. The carbon balances, on the other hand, should ideally be
exactly 100%.
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Fig. 6. GCxGC-MS/FID spectra of the slurry-product as used in the FB-upgrading (a) and sample 11 of the FB-product (b). The products were classified into different

groups as indicated in figure (a).

of material in the catalyst bed but, as already noted, this carbon mass
was approximated to only 0.7 wt% of the total mass of carbon fed to the
process and therefore only seems to compensate for a small part of the
deviation in the carbon balance.

The yield of acetone-insoluble solids in the slurry-process was 0.3 wt
%, with a large part of this being catalyst, and is not considered in the
mass balance. It is clear that significant coke formation did not take
place, which is in line with previous studies using slurry-
hydroprocessing of FPBO both with co-feed [20,21] and with only
FPBO [26]. It is generally considered that to limit coke formation from
FPBO when hydroprocessing in fixed bed reactors a stabilization reac-
tion step at low temperature (100-300 °C) to deoxygenate the most
reactive species is first required, although complete elimination of
problems associated with coke formation is difficult even with this
strategy [7]. The reasoning is that this stabilization must occur at tem-
peratures low enough so that no (or limited) coke-forming polymeriza-
tion reactions take place, whereas subjecting the FPBO to high

10

temperatures (> 375 °C) without prior stabilizaiton leads to severe coke
formation [38]. The strategy of stabilizing the FPBO at low temperature
is very different from the slurry-process used in this study, where the
temperature was very quickly increased to 410 °C without any chance
for stabilization at low temperatures. It seems the slurry-process works
well in suppressing the coke formation but it is not well understood why
this is the case. One possible explanation is that the turbulent environ-
ment in a slurry-reactor (in contrast to fixed bed reactors) results in
rapid contact between feed and catalyst (catalyst is also already sus-
pended in the feed that enters the reactor), which favors an effective
suppression of coke-forming reactions. However, experiments in stirred
batch reactors (where the environment is also very turbulent) typically
generate significant amounts of coke as well [13], so this cannot be the
sole explanation. Furthermore, in our previous study we found superior
results when co-feeding FPBO with fossil feedstock to a hot reactor
compared to reacting a similar mixture in a semi-batch setup [20]. The
continuous feeding results in both a very rapid increase to the reaction
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temperature but also a quick mixing of fresh feed with the reactor
contents. Reduced coke formation has been observed by mixing FPBO
with different solvents before processing [13], and it is possible that a
similar coke-suppressing effect can be achieved by the reactor contents
(which should already be free of the most reactive species). Neverthe-
less, coke formation from FPBO is a complex phenomenon that is not
fully understood and there may be several interacting factors affecting
the outcome.

In the slurry-process there is a significant loss of both mass and
carbon to the water product and to gas (Figs. 8 and 9). Among the gas
products, quite similar quantities of carbon oxides (7.1 wt%) and
gaseous hydrocarbons (6.5 wt%) were produced. However, CO,
constituted a three times greater mass yield than CO and was the
dominating gaseous species (5.4 wt%), followed by CH4 (2.8 wt%). A
high ratio of CO2 to CO is preferred, as CO5 involves removal of twice as
many oxygen atoms per carbon atom, which in turn contributes to an
increased carbon recovery to the liquid products at a similar deoxy-
genation level. The carbon contents in the water products produced in
the slurry-process were relatively high; 10.7 wt% in the water product
collected from the LP-LT separator and 15.4 wt% in the water product
separated gravimetrically from the Heavy Oil Product. The FB-process
produced additional water product from the remaining oxygen, but
this contained only 0.5-3.1 wt% carbon and almost 97 wt% of the car-
bon in the feed was recovered in the oil product. Combining the two
processes, the yield of oil product from the FPBO was 28.7 wt% and the

recovery of carbon was 67.7 wt%. The Hy consumption was 42.7 g per kg
dry FPBO in the slurry-process and 20.3 g per kg feed in the FB-process,
which results in a total Hy consumption for both steps of 52.6 g per kg
processed dry FPBO (or 140 g Hy per kg produced deoxygenated oil
product).

It should be noted that the mass balance for the slurry-process was
calculated towards the end of the experiment, when the Heavy Product
did not contain any of the hexadecane starting oil. Hence, the mass- and
carbon balances reported are not affected by the recovery of hexadecane
to the Heavy Product during the earlier parts of the experiment. For the
FB-process, the effect of the presence of hexadecane in the slurry-
product used in the FB-process was very small for the carbon balance
because the carbon recovery was very high for both the hexadecane and
the non-hexadecane part of the feed. For the mass balance the presence
of hexadecane led to a very slight overestimation of the oil product yield
(the hexadecane presumably had a higher recovery in the oil product
than the remainder of the feed).

3.7. Comparison with literature data

The H; consumption and carbon recovery throughout the pyrolysis
and hydroprocessing steps is tabulated in Table 5, along with compari-
son of data from the literature (calculated based on data from the
respective study). In this study, the mass yield of pyrolysis oil from
biomass is not known as the pyrolysis oil used was of a commercial type

11
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and not produced in the study. For the sake of discussion and compar-
ison of the whole chain of process steps from pyrolysis to hydro-
processing, a carbon concentration of 50 wt% in dry biomass and a mass
yield to FPBO of 60 wt% have been assumed, which are typical values
for low-ash feedstocks such as pine wood [10,39]. The three studies used
for comparison in Table 5 are briefly described here:

e In the study performed by Dimitriadis et al., a slurry-process was
used to stabilize the FPBO obtained from wheat straw before
upgrading in a (1-stage) FB-process [25], similarly as in this work.
Although the slurry-process did improve the properties of the FPBO

12
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Table 5

Mass recovery, Carbon recovery, and H, consumption throughout the pyrolysis
and hydrodeoxygenation stages. The oxygen content for each product (wt% on
wet basis) is indicated in brackets next to the mass recovery of each product. *
Assumed mass recovery of the pyrolysis process.

Pyrolysis Slurry- FB- Overall
process process
0,
Mass 60%* 38% 75%
(0.5% 17%
Recovery (36% 0) (15% 0O) 0
Current Carbon 56% 70% 7% 38%
study Recovery
H 34 (g/kg 20 (g/kg 140 (g/kg
C;nsum tion wet wet oil
P feed) feed) product)
Mass 42% 57% 81% 19%
Recovery (33% 0O) (16% O) (3% 0) ’
Dimitriadis ~ Cor0OR 46% 82% 96% 36%
et al. [25] Recovery
H 20 (g/kg  29(g/kg 80 (g/kg
C;nsum tion wet wet oil
P feed) feed) product)
47%
Mass 69%
— 0, 0,
Recovery (42% O) g))'s & 32%
Elliot et al. Carbon
0, — 0, 0,
[40] Recovery 58% 78% 46%
u 38 (g/kg 100 (g/kg
2 X
Consumption - - wet oil
feed) product)
0, 0,
Mass 30% B 72% 21%
Recovery (19% O) (1% O)
Agblevor Carbon 41% - 92% 37%
et al. [41] Recovery
- 71 (g/kg 100 (g/kg
Csnsum tion - wet oil
P feed) product)

and provided a stabilized FPBO for further processing in the fixed-

bed process, plugging issues were present and a decline in product

properties was observed already after the first 24 h (and subse-
quently became worse even though the process could be maintained
for up to 8 days of feeding). Data in Table 5 is calculated based

on”RUN 7, DOS 1".

Catalyst deactivation (although no plugging problems during the 60

h processing time), was also observed by Elliot et al. when upgrading

FPBO from red oak in a 2-stage FB-process, with the first (low-tem-

perature) stage was intended to stabilize the bio-oil [40]. Data in

Table 5 is calculated based on the “Unfiltered Oak” case, which

showed overall the best yield among the cases studied.

o Agblevor et al. performed catalytic pyrolysis of pinyon juniper with
red mud as a catalyst [41]. The catalytic pyrolysis oil was then
successfully hydrotreated in a 1-stage FB-process (no low-temp sta-
bilization step) for over 300 h without any significant catalyst
deactivation or coke formation.

No plugging problems or deterioration of the catalyst activity was
observed in the present work during the 58 h processing time. These
results are promising but longer studies are of course needed to study the
stability of the process over time. Calculating with the assumed yield of
FPBO from biomass, a significant loss of carbon (44%) is associated with
the pyrolysis process in this study, which can be compared to the results
of Dimitriadis et al. (54%) and Elliot et al. (42%). Noteworthy is that a
higher ash content of the biomass is correlated with reduced yields of
FPBO [39], and the relatively high ash content of the straw used by
Dimitriadis et al. likely contributes to a comparatively low carbon re-
covery to the FPBO. The mass yield of catalytic pyrolysis oil in the
process used by Agblevor et al. was low (30 wt%) compared to FPBO
yields in the non-catalytic fast pyrolysis processes (42-68 wt%) and, as a
result, the carbon recovery to the catalytic pyrolysis oil was also
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comparatively low (41 wt%). However, the oxygen content of the cat-
alytic pyrolysis oil was relatively low (19 wt%) and the hydroprocessing
step provided a very high carbon recovery (92 wt%) compared to
hydroprocessing (all steps included) of FPBO (66-78 wt%). This brings
the overall carbon recovery from biomass via the catalytic pyrolysis
route (37%) to the same range as the fast pyrolysis cases (36-46%). In
fact, of the four cases, only the results from Elliot et al. stand out with
46% carbon recovery, while the other three are found to lie in a very
narrow range of 36-38%. It should be noted that the composition of the
final product differs between the different process concepts, as does the
properties of the original biomass, and it is likely that such factors could
explain some of the observed differences.

The hydrogen consumptions are in the range 80-140 g per kg pro-
duced deoxygenated oil product (last column of Table 5). The trends in
the table suggest that if the Hy consumption (per kg feed) is high at a
stage where there is a large mass of feed being processed, this will result
in an overall high consumption. A good example of this is the case with
processing of catalytic pyrolysis oil [41], which did consume very large
amounts of Hy (71 g per kg feed) compared to any other individual
process step. However, due to the low mass yield of catalytic pyrolysis
oil from biomass (30 wt%), this left a relatively low mass of pyrolysis oil
to process (i.e. only 300 g per kg starting biomass), resulting in a modest
overall Hy consumption. In the current study, the first hydroprocessing
step had a much lower Hy consumption of 34 g/kg feed than for the
catalytic pyrolysis oil but due to the larger mass of pyrolysis oil being
processed (600 g for each kg biomass), this contributed to an overall
higher Hy consumption.

The carbon recovery in the slurry-process (70%) was lower than in
our previous study using a slurry-process to stabilize FPBO (82%) [25].
There seems to be three factors that contribute to a lower carbon re-
covery in this study: 1) nearly twice as high gas yield (nearly all of this
excess is coming from gaseous hydrocarbons as the yield of carbon ox-
ides show very small differences), 2) higher water phase yield, and 3)
about twice as high carbon concentration in the water phase. It was
expected that the higher temperature used in this study would lead to
higher gas formation, and possibly also to a higher water phase yield.
However, the reason for the higher carbon concentration in the water
phase is not well understood. One possibility is that the higher reactor
temperature and gas flow, and lower pressure, used in this study con-
tributes to evaporation of light oxygenates from the reactor, before they
have time to be sufficiently deoxygenated. However, this has not been
confirmed. The organic compounds found in the water products are
likely partly deoxygenated and, more or less, water-soluble species that
become distributed between the oil- and water phases (in the Heavy
Product tank or in the LP-LT separator) based on solubility properties.
An optimized separation system in the slurry-process could likely reduce
the loss of carbon to the water products, which would increase the oil
product yield and carbon recovery to the oil product. Although a water
fraction with as high as 15 wt% carbon is not useless, and steps could be
taken to valorize these organic compounds. A study using mild stabili-
zation (200 °C) of FPBO has been shown to result in even higher re-
coveries of carbon to the water phase, in the range 40-61 wt%, and has
briefly discussed the possible valorization of this fraction [42]. In
contrast, a 2-stage FB-process, which does not produce any intermediate
water products at low deoxygenation levels, can result in carbon con-
centrations as low as 0.6 wt% in the water phase and, hence, a very low
carbon loss to the water product [9]. Consequently, these observations
suggest that the lower the level of deoxygenation at which an interme-
diate water phase is withdrawn from the deoxygenation process, the
higher will be the “loss” of carbon to this water phase. Therefore, using a
single hydroprocessing step, such as in the case for Elliot et al. [40] and
Agblevor et al. [41] in Table 5, will of course contribute to higher carbon
recoveries compared to using separated hydroprocessing stages.

Based on Table 5, there are no clear distinctions between the
different hydroprocessing techniques, as the processes investigated in
the respective studies do not clearly outperform each other in terms of
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carbon recovery or Hy consumption. This suggests that, in the end, it
likely comes down to what is the most robust and economically viable
method for production of hydrocarbons through pyrolysis and hydro-
processing of lignocellulosic biomass, something that is yet to be
determined. Prerequisites such as preferred scale, biomass properties,
end product requirements, and process integration possibilities will also
likely affect process choices.

4. Conclusions

Hydroprocessing of fast pyrolysis bio-oil (FPBO) in fixed bed
hydroprocessing reactors has been extensively studied but remains
challenging due to coke formation, catalyst deactivation, and pressure
drop build-ups. In this work, FPBO was first hydroprocessed in a slurry-
process with the aim to facilitate downstream processing in a fixed bed
hydrotreater by producing a more stable, partly deoxygenated, bio-oil.

The slurry-process resulted in an oil product with reduced oxygen
concentration, improved stability, and low coking tendencies. This
product was successfully processed in the downstream fixed bed
hydrotreater for 58 h without any notable catalyst deactivation or
pressure build-up. The FB-process provided deoxygenated (0.5 wt%
oxygen) hydrocarbons, approximately equally divided between gasoline
and diesel boiling point ranges. The final oil product was distilled into
gasoline and diesel boiling point fractions, and both were shown to have
cycloalkanes as the compound group with highest concentration, fol-
lowed by paraffins and aromatics. The overall process resulted in a 28.7
wt% yield of deoxygenated oil product from the FPBO, and a carbon
recovery from FPBO to deoxygenated oil product of 67.7 wt%. Carbon
not retained in the oil was lost as gaseous hydrocarbons (13.2 wt%),
gaseous carbon oxides (5.4 wt%), and organic compounds in the water
product (12.8 wt%), with most of these losses occurring in the slurry-
process. The combined Hy consumption in the two process steps was
52.6 g per kg of processed dry FPBO, or 140 g per kg of produced
deoxygenated oil product. The carbon recovery and Hy consumption
were compared with corresponding values obtained in other studies
focused on hydroprocessing of bio-based pyrolysis oils and found to
agree relatively well. Although promising, further work is required to
fully evaluate the feasibility of the process concept. Future work should
also strive to determine to what degree FPBO needs to be stabilized and
pretreated for downstream processing in fixed bed hydrotreaters to be
successful, while also maximizing the carbon recovery in the oil product.
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